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bstract

The effect of hydrogen removal in membrane reformers is analyzed by a two-dimensional, non-isothermal model. Unlike previous works,
hich refer to laboratory scale reactors and low space velocity of gas mixture, simulations carried out in the present work concern large-scale

eactors (length � 12 m, diameter � 0.12 m) and high hydrogen productivity (volumetric flow rates within 50–130 Nm3/h) involved in industrial
pplications. Results show that methane conversion is far from unity (about 37–50% dependently on operating conditions), even though larger
han that one attainable in absence of membrane (∼28% at simulation conditions). The two-dimensional approach allows the radial distribution of

emperature and hydrogen partial pressure to be shown. A lower removal rate of hydrogen than in the one-dimensional model is found due to the
ower hydrogen partial pressure near the membrane surface. Finally, thermal level required from membrane reactors is lower than in traditional
eformers, so that less demanding ovens and less expensive materials can be used.

2006 Elsevier B.V. All rights reserved.
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. Introduction

Membrane reactors are becoming more and more interesting
n processes where equilibrium conditions prevent high conver-
ion of reactants to be achieved. Steam reforming of methane
or production of hydrogen is the main field of research and
pplication of this promising technology. The whole process
s endothermic and occurs over a Ni-based catalyst in tubu-
ar reactors; equilibrium conditions are quickly reached but a
ignificant hydrogen yield is achieved only at high tempera-
ure so that a great amount of heat is required. Tubular reactors
re usually placed inside a furnace where the heat produced
y combustion is transferred to the reacting gas through the
eformer tube wall. In such a configuration, reformer tubes are
ubjected to large stresses since they operate at high tempera-
ure with large thermal gradient in axial and radial directions
nd the high pressure inside the tube could lead to creep rup-

ure. Moreover, there is a risk of carbon formation on hot tube
all [1]. The use of membrane reactors (MR) appears to be a
ossible way to improve hydrogen yield at lower temperatures
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ecause the removal of hydrogen from the reaction environ-
ent prevents the equilibrium to be achieved. A large number

f scientific papers and technical reports have appeared about
he integration of membranes in steam reformers and several

athematical models have been presented and used to simu-
ate the operation of these reactors. However, most of these
orks refer to small-scale reactors and use one-dimensional
odels which do not take into account radial temperature and

omposition gradients, while a proper representation of these
radients is essential to calculate the tube wall and membrane
emperatures, the right driving force of hydrogen flux through
he membrane and to assess the activity of the catalyst at the
nner and colder position. Several one-dimensional models, both
sothermal [2–5] and non-isothermal [6–10], can be found in
he literature. Most of these models are used to simulate lab-
ratory experiments and thus they are applied at reactor sizes
nd operating conditions (Table 1) where radial gradients are
egligible.

At present, membrane reactor technology is not yet applied
t, industrial scale to steam reforming; therefore, problems and

dvantages of this process cannot be deduced from industrial
kills and its feasibility can be assessed only by theoretical sim-
lations. Unfortunately, only few studies are reported in the
iterature and models used in simulations are sometimes based

mailto:marcello.defalco@uniroma1.it
dx.doi.org/10.1016/j.cej.2006.10.021
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Nomenclature

BH hydrogen permeability (kmol m−1 h−1 kPa−0.5)
ci molar concentration (kmol m−3), i = CH4, H2O,

H2, CO, CO2
c0
i inlet molar concentration (kmol m−3), i = CH4,

H2O. H2, CO, CO2
cp,m gas mixture specific heat (kJ kmol−1 K−1)
cp,perm gas mixture specific heat in permeation zone

(kJ kmol−1 K−1)
ctot total concentration (kmol m−3)
dc,o, dc,i, hc catalyst particle dimensions (m)
deq equivalent reactor diameter (m)
dp equivalent particle diameter (m)
f friction factor
F in

CH4
inlet methane flow rate (kmol h−1)

Fout
CH4

outlet methane flow rate (kmol h−1)

F in
CO2

inlet carbon dioxide flow rate (kmol h−1)

Fout
CO2

outlet carbon dioxide flow rate (kmol h−1)
Fout

H2,perm outlet hydrogen flow rate in permeation zone

(kmol h−1)
FP,tot total molar flow rate in permeation zone

(kmol h−1)
Fsweep sweeping gas flow rate in permeation zone

(kmol h−1)
G mass specific gas flow-rate (kg m−2 h−1)
hP,H2 permeation zone hydrogen enthalpy

(kJ kmol−1)
hR,H2 reaction zone hydrogen enthalpy (kJ kmol−1)
hw heat transport coefficient near wall

(kJ m−2 h−1 K−1)
hw,p forced convection heat transport coefficient in

permeation zone (kJ m−2 h−1 K−1)
�H◦

298 standard reaction enthalpy (kJ mol−1)

Hrec
2 /Hprod

2 hydrogen recovered on total hydrogen pro-
duced ratio

−�Hj jth reaction enthalpy (kJ mol−1)
kmem membrane thermal conductivity

(kJ m−1 h−1 K−1)
L reactor length (m)
Nm hydrogen flux permeating through membrane

(kmol m−2 h−1)
p emissivity of solid surface
pH2,perm hydrogen partial pressure in permeation zone

(kPa)
pH2,reac hydrogen partial pressure in reaction zone (kPa)
Pemr mass effective radial Peclet number
PP permeation zone pressure (kPa)
P in

P inlet permeation zone pressure (kPa)
PR reaction zone pressure (kPa)
P in

R inlet reaction zone pressure (kPa)
Pr Prandtl number
Prperm Prandtl number in permeation zone

qm heat flux from the reaction to the permeation zone
(kW m−2)

qr axial heat flux (kW m−2)
QTR heat duty in the traditional reactor (kW)
QMR heat duty in the membrane reactor (kW)
QH2 volumetric hydrogen flow-rate (Nm3 h−1)
r̃ dimensionless radial coordinate
ri,i internal tube internal radius (m)
ro,i internal tube external radius (m)
ri,o external tube internal radius (m)
ro,o external tube external (m)
R gas universal constant (kJ kmol−1 K−1)
Rj kinetic rate of jth reaction (kmol kg−1

cat h−1)
Rep Reynolds number referred to the equivalent par-

ticle diameter (G·dp/μG)
Reperm Reynolds number in permeation zone
Tmem membrane temperature (K)
TP permeation zone temperature (K)
T in

P inlet permeation zone temperature (K)
TR reaction zone temperature (K)
T in

R inlet reaction zone temperature (K)
Tw,o external wall temperature (K)
uz gas velocity (m h−1)
u0

z inlet gas velocity (m h−1)
U overall heat transfer coefficient (outside and reac-

tion zone) (kJ m−2 h−1 K−1)
U1 overall heat transfer coefficient (reaction and per-

meation zone) (kJ m−2 h−1 K−1)
XCH4 methane conversion
XCO2 carbon dioxide yield
y0
i inlet mole fraction, i = CH4, H2O, H2, CO, CO2

YH2 hydrogen recovered per mole of methane
z̃ dimensionless axial coordinate

Greek symbols
αmet metal conductivity (kJ m−2 h−1 K−1)
αru, αrs parameters defined by Eq. (26) (kJ m−2 h−1 K−1)
δ membrane thickness (m)
ε void fraction
η effectiveness factor
λer effective radial thermal conductivity

(kJ m−1 h−1 K−1)
λ0

er static radial thermal conductivity
(kJ m−1 h−1 K−1)

λg gas phase thermal conductivity (kJ m−1 h−1 K−1)
λg,perm gas phase thermal conductivity in permeation

zone (kJ m−1 h−1 K−1)
λs packing material thermal conductivity

(kJ m−1 h−1 K−1)
μg gas mixture viscosity (kg m−1 h−1)
ρapp apparent packing material density (kg m−3)
ρb packed bed density (kg m−3)
ρg gas mixture density (kg m−3)
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Table 1
Geometric parameters and inlet methane flow-rates

ri,o (cm) ro,i (cm) L (m) F in
CH4

(kmol/h)

Shu et al. 0.85 0.475 0.036 1.07 × 10−4

Lin et al. – 0.635 0.15 1.5 × 10−3

Gallucci et al. – – – 4.6 × 10−5

Oklany et al. 0.5 – 0.1 2.68 × 10−4
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∂z̃
=

Pe · r2 ·
∂r̃2 +

r̃
·

∂r̃
adia et al. 2 1.25 0.17 4.93 × 10
u et al. 8 4.5 1.2 1.28 × 10−2

n assumptions, which do not allow important effects to be
hown.

Fernandez and Soares [11] have used a non-isothermal, one-
imensional model to simulate the behaviour of a large-scale
R (ri,o = 0.0508 m, ro,i = 0.01015 m, L = 20 m). Some of their

ssumptions (pressure drop negligible, membrane permeability
ndependent of the temperature) are questionable as for hydro-
en flux through the membrane, but the main limit of their
ne-dimensional approach is the impossibility of accounting
or radial differences, which could be not negligible in indus-
rial reactors. Recently, Koukou et al. [12] have presented a
wo-dimensional model of a water gas shift ceramic mem-
rane reactor: the model takes into account both axial and
adial distributions of temperature and partial pressures. The
esults of simulations obtained by this model clearly show
he effect of the radial gradient of hydrogen partial pressure
hich reduces driving force through the membrane and, con-

equently, the hydrogen flux towards the permeation side; of
ourse, one-dimensional models that neglect this effect over-
stimate the reactor performance. Two-dimensional models
ave been used as well by Fukuhara and Igarashi [13] and
ssabumrungrat et al. [14] in simulations of membrane reac-

ors for dehydrogenation of ethylbenzene. However, a very
mall reactor is considered [14] or physical properties of gas
ixture are assumed everywhere constant inside the reactor

13].
The aim of the present paper is to use two-dimensional

odels of industrial reformers in order to analyze axial
nd radial gradients of composition and temperature and to
ssess both technological and process problems, which could
ppear in large-scale equipments. Two models are presented:
he membrane reactor (MR) two-dimensional model and the
raditional reactor (TR) two-dimensional model. After some
emarks about heat transfer between the external source and
he reaction zone and between the reaction zone and per-

eation side, a comparison between TR and MR is done
nd advantages in introducing membranes in the reformer are
iscussed.

The effect of some operating conditions, such as perme-
tion zone pressure, sweeping gas flow rate, reaction pressure
nd steam to carbon ratio, has been studied and some remarks
ave been made about their influence on reactions and per-

eation. Unlike most of works reported in the literature

ealing with laboratory conditions, simulations are performed
ith reference to industrial cases: not trivial differences are

ound.
ing Journal 128 (2007) 115–125 117

. Mathematical model

The main reactions taken into account in modelling steam-
eforming reactors are:

H4 + H2O ⇔ CO + 3H2 �H◦
298 = 206 kJ/mol (1)

O + H2O ⇔ CO2 + H2 �H◦
298 = −41 kJ/mol (2)

H4 + 2H2O ⇔ CO2 + 4H2 �H◦
298 = 165 kJ/mol (3)

econdary reactions, as carbon formation, are not considered.
Models are based on mass, energy and momentum balances

ogether with the intrinsic kinetic equations reported by Xu and
roment [15].

The TR is a conventional packed tube while the MR consists
f two concentric tubes, where the inner one is the membrane
hrough which hydrogen permeates and the outer is the reactor
hell.

The following assumptions have been made:

steady-state conditions;
negligible axial dispersion and radial convective terms;
ideal gas behaviour;
a single tube representative of any other tube;
a single pseudo-effectiveness factor independent of reaction
and of local conditions;
permselectivity of the membrane towards hydrogen 100%.

The effectiveness factor η, defined as known as the ratio
etween the observed reaction rate and the reaction rate calcu-
ated at external catalytic surface conditions (or at bulk fluid
onditions in absence of external mass transport resistance),
epends on temperature and fluid composition, which change in
adial and axial direction. Analytical expressions of η are very
seful to evaluate effective reaction rate to be used in mass bal-
nces. Unfortunately, in the presence of multiple reactions, the
roblem is very complex and the evaluation of observed reaction
ates requires to find concentration profiles inside catalyst parti-
les taking into account the presence of many diffusing species
nd many reactions. In spite of this, a pseudo-effectiveness fac-
or η, independent of local conditions, is used in this work. This
pproach has to be considered only an arbitrary way to reduce
he real reaction rate with respect to the value given by the intrin-
ic kinetics. Rostrup-Nielsen [16] have evaluated η values below
.1; Xu and Froment [17] suggest η = 0.02 as an average realistic
alue. In this work η is taken equal to 0.02.

Equations of TR and MR models, together with boundary
onditions, are reported as follows:

TR model:
◦ Mass balances for all components: i = CH4, H2O, H2, CO,

CO2:

∂(uz · ci) dp · L
(

∂2(uz · ci) 1 ∂(uz · ci)
)

mr i,o

− η · ρb · L ·
∑

j

Rj (4)



1 ineer

•

I
u
u

f

P
p
t
o

P

w
a
c
t
o

l
[
n
v
m
c

2

18 M. De Falco et al. / Chemical Eng

◦ Energy balance in reaction zone:

∂TR

∂z̃
= λer · L

(uz · ctot) · cp,m · r2
i,o

·
(

∂2TR

∂r̃2 + 1

r̃
· ∂TR

∂r̃

)

+ η · ρb · L · ∑
j(−�Hj) · Rj

(uz · ctot) · cp,m
(5)

◦ Momentum balance in reaction zone:

dPR

dz̃
= f · G · μg · L

ρg · d2
P

· (1 − ε)2

ε3 (6)

◦ Boundary conditions:

z̃ = 0 →

⎧⎪⎨
⎪⎩

XCH4 = XCO2 = 0

TR = T in
R

PR = P in
R

(7)

r̃ = 0 →

⎧⎪⎨
⎪⎩

∂XCH4

∂r̃
= ∂XCO2

∂r̃
= 0

∂TR

∂r̃
= 0

(8)

r̃ = 1 →

⎧⎪⎨
⎪⎩

∂XCH4

∂r̃
= ∂XCO2

∂r̃
= 0

λer · ∂TR

∂r̃
= qr = U · (Tw,o − TR|ri,o )

(9)

MR model:
◦ Mass balances for all components: i = CH4, H2O, H2, CO,

CO2:

∂(uz · ci)

∂z̃
= dp · L

Pemr · r2
i,o

·
(

∂2(uz · ci)

∂r̃2 + 1

r̃
· ∂(uz · ci)

∂r̃

)

− η · ρb · L ·
∑

j

Rj (10)

◦ Energy balance in reaction zone:

∂TR

∂z̃
= λer · L

(uz · ctot) · cp,m · r2
i,o

·
(

∂2(TR)

∂r̃2 + 1

r̃
· ∂TR

∂r̃

)

+ η · ρb · L · ∑
j(−�Hj) · Rj

(uz · ctot) · cp,m
(11)

◦ Momentum balance in reaction zone:

dPR

dz̃
= f · G · μg · L

ρg · d2
P

· (1 − ε)2

ε3 (12)

◦ H2 mass balance in permeation zone:

dYH2

dz̃
= Nm · 2π · ro,i · L

F in
CH4

(13)

◦ Energy balance in permeation zone:
dTP

dz̃
= L

FP,tot · cp,perm
· (U1 · 2π · ri,i · (TR − TP)

+ Nm · π · ro,i · (hR,H2 − hP,H2 )) (14)

a
a
s
f

ing Journal 128 (2007) 115–125

◦ Boundary conditions:

z̃ = 0, ∨r̃ →

⎧⎪⎪⎪⎪⎪⎪⎨
⎪⎪⎪⎪⎪⎪⎩

uz · ci = u0
z · c0

i

TR = T in
R

PR = P in
R

YH2 = 0

TP = T in
P

(15)

r̃ = r̃i,o, ∨z̃ →

⎧⎪⎨
⎪⎩

∂(uz · ci)

∂r̃
= 0

λer · ∂TR

∂r̃
= qr = U · (Tw,o − TR|ri,o )

(16)

r̃ = r̃o,i,

∨z̃ →

⎧⎪⎪⎪⎪⎪⎨
⎪⎪⎪⎪⎪⎩

∂(uz · ci)

∂r̃
= 0 (i = CH4, H2O, CO, CO2)

dp

Pemr
· ∂(uz · cH2 )

∂r̃
= Nm

λer · ∂TR

∂r̃
= qm = U1 · (TR|ro,i − TP)

(17)

n MR permeation zone, an isobaric one-dimensional model is
sed. In momentum balances, the friction factor is calculated by
sing Ergun model:

= 150 + 1.75 · Rep

1 − ε
(18)

emr is the mass effective radial Peclet number. Since, in a
acked bed operating at industrial conditions, Re is surely greater
han 1000, Pemr reaches the following constant value depending
nly on geometric features [18]:

emr = 8.8 ·
[

2 −
(

1 − 2 · dp

deq

)2
]

(19)

here deq is the tube inner diameter of TR or the diameter of
circular cross-section equivalent to the annular section in the

ase of MR. In our simulations, TR and MR reactors are assumed
o have the same cross-section of reacting zone so that the value
f deq is the same both for MR and TR.

All physical properties of the gas mixture are evaluated at
ocal conditions. To this aim, equations reported by Sandler
19] have been used to calculate specific heats of pure compo-
ents whereas viscosities have been taken from [20]; gas mixture
iscosity has been evaluated as suggested by [21]; gas heat ther-
al conductivity, which is needed in effective radial thermal

onductivity λer, is calculated by Wassiljewa equation [21–23].

.1. Heat transport phenomena

Due to the strongly endothermic nature of the process, a large

mount of heat has to be supplied in order to fulfil the energy
bsorbed by reactions. If the heat is supplied by an external
ource, a sequence of resistances controls heat flux from the
urnace chamber to the reaction zone.
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In mathematical models, two overall heat transfer coeffi-
ients, U and U1, appear: the first one, which appears in Eqs. (9)
nd (16), accounts for the resistances due to the stainless steel
ube (l/αmet) and for the layer in the immediate neighbourhood
f the tube wall (1/hw):

=
(

1

hw
+ 1

αmet

)−1

(20)

s explained by Tsotsas and Schlünder [24], the wall heat trans-
er coefficient hw has two possible meanings depending on the
alue of Pe number. In the case of an industrial reactor, where
he fluid-dynamic conditions are surely in the region of high Pe,
he coefficient hw represents the conductivity of an “unmixed
ayer” where heat transport occurs only by molecular conduc-
ion. Several different correlations are proposed in the literature
o evaluate hw. In the present work, Li–Finlayson correlation is
sed [25]:

w = 0.17 · λg

dp
·
(

Pr

0.7

)1/3

· Re0.79
p (21)

he above expression is obtained as the best correlation of
any experimental data for spherical particle beds in the region

.05 < dp/deq < 0.3 and 20 < Rep < 7600.
The other overall heat transfer coefficient U1 appears in Eq.

17) and represents the sum of heat resistances between reaction
nd permeation zone: it is given by the following expression:

1 =
[

1

hw
+ δ

kmem
+ ro,i

ri,i
· 1

hw,p

]−1

(22)

here hw is the heat transfer coefficient corresponding to the
embrane wall, δ and kmem are membrane thickness and thermal

onductivity, respectively, and hw,p is the forced convection heat
ransport coefficient in the permeation zone given by (turbulence
onditions) [26]:

w,p = λg,perm

ri,i
· 0.023 · Re0.8

perm · Pr1/3
perm (23)

hermal and physical properties in Eq. (23) are calculated at
ermeation zone conditions (only sweep gas and hydrogen).

The effective radial thermal conductivity of catalyst bed λer is
btained using the expression reported by [27,28] which assume
he bed as a pseudo homogenous phase composed by catalyst
articles and gas mixture:

er = λ0
er + 0.111 · λg · Rep · Pr1/3

1 + 46 · (dp/deq)2 (24)

n Eq. (24), λ0
er is the static contribution of the effective conduc-
ivity [29,30], i.e. the thermal conductivity of catalytic bed in
bsence of fluid flow:

0
er = ε(λg + 0.95 · αru · dp)

+ 0.95 · (1 − ε)

(2/3 · λs) + (1/(10 · λg + αrs · dp))
(25)

l

2

t

ing Journal 128 (2007) 115–125 119

αru = 0.8171 · (T/100)3

1 + (ε/(2 · (1 − ε))) · ((1 − p)/p)

αrs = 0.8171.

(
p

2 − p

)
·
(

T

100

)3 (26)

n Eqs. (25) and (26), p is the emissivity of solid surface, taken
qual to 0.8 in our case, and λs is the thermal conductivity
f packing material, taken equal to 1.256 kJ/mhK for Ni-based
atalyst. [28],

.2. Membrane permeability

In MR, model, the flux of hydrogen through the membrane
see Eqs. (13), (14) and (17)) is calculated as follows:

m = BH

δ
· (pn

H2,reac − pn
H2,perm) (27)

he value of the exponent n depends on the thickness of Pd-based
embrane. Shu et al. [2] report a variety of reasons to explain

uch behaviour. Probably, the transport mechanism changes with
ncreasing δ. If thickness is thin (few �m) the mass transport

echanism through membrane is controlled by the dissociative
dsorption of hydrogen on Pd and n is equal to 1, whereas if
embrane is thicker (dozens of �m) the limiting step is diffusion

f atomic H in the dense metallic layer and the flux follows the
ievert law with an exponent n equal to 0.5. There is a region of

hickness values where n varies from 0.5 to 1 [31].
In the present work, the exponent n is taken equal to 0.5 for

wo main reasons:

1) in industrial MR, thin membranes should be avoided;
2) it is preferable to test the membrane model in preservative

conditions.

Depending on composition of the membrane, different
xpressions are reported in the literature to calculate the perme-
bility BH [7,31,32]. In the present work, the expression given
y Shu et al. [33] for Pd–Ag (5.1 wt.%)/porous SS membrane,
s used:

H = 7.92 × 10−5 · exp

(
− 15700

R · Tmem

)
(28)

he membrane thickness is 20 �m. Eq. (28) shows a strong
exponential) effect of the temperature on membrane perme-
bility; but temperature affects positively also the driving force
f hydrogen flux across the membrane. Because of endother-
ic nature of reforming reaction, high conversions of methane

nd thus high hydrogen partial pressures are obtained at high
emperatures with an improvement in the flux (see Eq. (27)).
owever, reaction temperature has to be limited due to techno-

ogical properties and stability of the membrane.
.3. Numerical solution

In order to solve the system of partial differential equa-
ions, the radial coordinate is made discrete by means of central
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Inlet operating conditions

T in
R (K) 773

P in
R (kPa) 2929

T in
P (K) 773

P in
P (kPa) 1010

F in
CH4

(kmol/h) 5
y0H2O 0.7258
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econd-order differences: the resulting ODE system is solved
sing a Runge–Kutta method with variable step.

A profile of the supplied heat flux (qr) is imposed as input
n Eqs. (9) and (16): the external wall temperature is calculated
rom qr when temperatures inside the reactor are known. The
embrane temperature and consequently the value of perme-

bility is calculated step by step.
Reactor performance is evaluated through the following

uantities:

CH4 = F in
CH4

− Fout
CH4

F in
CH4

(methane conversion)

CO2 = Fout
CO2

− F in
CO2

F in
CH4

(carbon dioxide yield)

YH2 = Fout
H2,perm

F in
CH4

(hydrogen recovered per mole of methane (for MR only))

. Results and discussion

TR and MR models reported above have been used to com-
are the two configurations at large scale. Since membrane steam
eformers are not yet used at industrial scale, the comparison
s carried out via simulation. Geometric and operating condi-
ions typical of traditional steam reforming industrial plants are
eported in Tables 2 and 3 and used in simulating a reference
ase. MR is assumed to be a bundle of parallel tubes, similar to
R used in industry: the behaviour of a single tube is considered

o be representative of the behaviour of any other tube. Geomet-
ic sizes in MR are assigned in order to have the same section
rea in the two reformers (TR full section area = MR annular
ection area). A typical thickness value adopted for industrial

eformer tubes has been used in fixing the external diameter of
he reactor, whereas the membrane tube internal diameter comes
rom a (membrane + support) thickness (1 cm) able to support
rans-membrane pressure differences and from a cross area to

able 2
eometric conditions

TR MR

(m) 12 12

o,o (m) 0.076 0.0875

i,o (m) 0.063 0.0775

o,i (m) – 0.045

i,i (m) – 0.035
(�m) – 20

atalyst properties
ρapp (kg/m3) 1990.6 1990.6
dc,o (m) 0.016 0.016
dc,i (m) 0.006 0.006
hc (m) 0.016 0.016
ε 0.5 0.5
η 0.02 0.02
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CO2 0.0113

sweep (kmol/h) 4 · F in
CH4

llow the sweeping gas (about 20 kmol/h) to flow inside without
reat pressure drops.

The heat flux supplied from outside has to be assigned as a
unction of axial coordinate: in simulations reported here, it is
ssumed to be constant along the reactor and its value in each
eactor is such that the heat duty provided to TR and MR is the
ame; since the shell surface of MR is larger than that of TR, the
eat flux is lower in MR.

A critical point is to maintain the membrane temperature at
oderate values because of problems of thermal instability; for

his reason heat fluxes of 20 kW/m2 for MR and 24.6 kW/m2

or TR, well below typical values used in industrial TR (about
0 kW/m2 [1]), have been assumed as starting point of our sim-
lations.

Fig. 1 shows methane conversion and carbon dioxide yield
or MR and TR and the axial profile of temperature averaged
n the section. The use of the membrane improves the reformer
erformance of about 33.1% in methane conversion (from 0.278
o 0.37) and 54.2% in CO2 yield (from 0.23 to 0.354). This
ffect requires a greater quantity of energy for the reaction (the
lobal process is endothermic) but, since supplied heat has been
ssumed to be the same in both reactors, a lower temperature is
chieved in MR (exit temperature is about 837 K for MR versus
10.5 K for TR).

The improvement in methane conversion results from the
igher reaction rate due to hydrogen removal from the reac-
ion zone. In Fig. 2, axial profiles of methane reaction rate are
epicted at different radial positions. In both TR and MR config-
ration, steam reforming reaction is quite fast near the hot wall,
hile in the tube core the reaction is slower due to the lower
alue of the temperature; however, the MR configuration is a
ittle more efficient since the reaction rate is supported by the
emoval of H2 near the membrane.

At conditions shown in Tables 2 and 3, hydrogen recov-
red per mole of methane YH2 is 1.102 and 68.7% of hydrogen
ctually produced; a further separation step could be neces-
ary to recover the hydrogen outgoing from the reaction zone
ogether with the gas mixture, otherwise the output mixture,
hich has a high heating value, can be burned to give the heat
uty necessary for the reaction and to produce steam required

n reaction and permeation zone. The improvement of MR
erformance is more evident at higher hydrogen fluxes and,
onsequently, at higher driving forces. In Fig. 3, radial pro-
les of hydrogen partial pressure are shown for different axial
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Fig. 2. Axial profiles of methane reaction rate at different radial position for TR
and MR.
ig. 1. Methane conversion, carbon dioxide yield and radial mean temperature
n the reaction zone for TR (dashed line) and MR (solid line) at conditions
eported in Tables 2 and 3.

ositions: near the membrane, pH2 is lower than the mean
alue in the section. Clearly, one-dimensional models, which
annot foresee these profiles, overestimate the hydrogen flux
nd the reactor performance: a quantitative comparison was
erformed between results obtained by two-dimensional and
ne-dimensional models at the same geometric and operating

onditions (see Tables 2 and 3). Results are summarized in
able 4, where QH2 is the outlet volumetric hydrogen flow
ate in permeation zone (i.e. the recovered hydrogen) and

rec
2 /Hprod

2 indicates the percentage of hydrogen recovered on

able 4
omparison between results provided by 2D and 1D models (geometric param-
ters and operating conditions are those of Tables 2 and 3)

2D model 1D model

H2 (Nm3/h) 123.5 129.2

CH4 0.37 0.377

CO2 0.354 0.362

H2 1.102 1.15
rec
2 /Hprod

2 68.7 70.2 Fig. 3. Hydrogen partial pressure in radial direction (0 is near membrane, 1 is
near tube wall) at different axial positions.
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Table 5
Heat duty for TR and MR

XCH4 QTR (kW) QMR (kW) Heat duty saving (%)

0.3 136 85.8 37
0.4 184.7 130.2 29.5
0.5 233.8 174.7 25.3
0.6 282.5 218.4 22.7
0
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Table 6
Effect of permeation zone pressure on some process quantities

PP (kPa) XCH4 XCO2 YH2 Hrec
2 /Hprod

2 Tm,max (K)

2929 0.32 0.293 0.635 46.2 855.4
1515 0.35 0.33 0.932 61.2 836.6

909 0.375 0.36 1.14 70.4 821.1
606 0.393 0.382 1.29 76 809.5
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.7 333.3 263.7 20.9

otal produced. Actually, one-dimensional model overestimates
ydrogen permeation flux and consequently, methane and car-
on dioxide conversion: the size of over estimation is slight but
ot unimportant (4.6% in terms of QH2 ).

In order to estimate the real benefit in using MR, total heat
uty is calculated for both MR and TR fixing the outlet methane
onversion: clearly, larger methane conversions require larger
otal heat duties, both in TR and MR. As shown in Table 5,

MR is always smaller than QTR, but, when methane conversion
ncreases, heat duty saving in MR reduces, so that the lower
utlet conversion, the more advantageous MR becomes [33].
oreover, since heat should be added at lower temperature in
R than TR, exergy efficiency is higher in MR. At high con-

ersions, and consequently at high thermal duties, membrane
emperature could reach unacceptable values; the membrane
as a technological threshold, due to the thermal instability of
aterial and adhesion problems between active compound and

upport. Maximum membrane temperature reached for each
otal supplied heat, and therefore, for each obtained methane
onversion, is reported in Fig. 4. If the limit value of the allowed
embrane temperature is fixed at 873 K, the maximum conver-

ion that can be attained is 0.5 (Fig. 4). There is a technological
hreshold for TR too, that is the tube wall maximum temper-
ture [16,34,35], normally fixed at 1200 K: at this limit the

ethane conversion is about 0.5 too, but the heat duty is much

arger.

ig. 4. Maximum membrane temperature for different outlet methane conver-
ion.

i
p
i
f
h
s
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3

f
t
I
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303 0.42 0.414 1.496 82.6 792
151.5 0.444 0.441 1.657 86.8 777.5

.1. Effect of permeation zone operating conditions

The performance of MR can be improved reducing the per-
eation zone pressure, since a higher driving force has a positive

ffect on hydrogen removal and, consequently, on methane
onversion. In Table 6, XCH4 , XCO2 , YH2 , the ratio between
ecovered and produced hydrogen and maximum membrane
emperature are reported at different permeation zone pressures.
he results in the first row correspond to the case in which the
ermeation zone pressure is equal to reaction zone pressure: the
ain in methane conversion with respect to TR is only 22%.
n the contrary, if pressure in the permeation zone is lowered to
.5 bar, the gain reaches 69.5% and all the other quantities repre-
enting the quality of separation improve. Moreover, membrane
emperature decreases since the larger heat requirement for the
eactions reduces the reactor temperature.

However, pressure cannot be reduced too much in permeation
one for two main reasons:

1) mechanical stress and shape loss of the membrane due to
the difference between pressure in reaction and permeation
zone;

2) cost of hydrogen recompression for storage or for other
applications.

Another way to improve MR performance is to get high driv-
ng force increasing sweeping gas flow-rate at permeation zone
ressure constant (10 bar): increasing the ratio between sweep-
ng gas and inlet methane flow rate from 3 to 12, XCH4 changes
rom 0.36 to 0.412 and the rate of hydrogen recovered on total
ydrogen produced increases from 64.6% to 80.6%. However,
weeping flow rates up to 60 kmol/h are required, which is too
uch for a single tube and for H2 dilution problems. In above

imulations, sweeping gas has been assumed to be steam due to
ts easiness of separation from hydrogen; water vapour physical
roperties are, then, used in calculating heat transfer coefficient.
ome differences in simulation results could be obtained using
different sweeping gas.

.2. Effect of reaction zone pressure

The reaction zone pressure has opposite effects on MR per-

ormance: low pressure promotes equilibrium conversion but, at
he same time, reduces the hydrogen flux through membrane.
n Fig. 5, the effect of reaction pressure on methane conversion
s shown for TR and MR at operating conditions reported in
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ig. 5. Methane conversion vs. reaction zone pressure at different inlet flow
ates.

able 3; in the case of MR, XCH4 versus P curves are shown as
ell at inlet methane flow rates of 3 kmol/h and 8 kmol/h. In the

ase of TR, a negative effect of P on methane conversion can be
bserved due to thermodynamic reasons and to the longer resi-
ence time, resulting at the lower volumetric flow rates produced
y high pressure.

On the other hand, in the case of MR, methane conversion is
lmost independent of P, since the negative effect on the reac-
ion is redressed by the positive effect on permeation flux; the
ain attainable by a membrane reactor is more evident at high
ressure. Finally, short residence times correspond to large inlet
ow rates with strong negative effects on reactor performance.
The profiles obtained (Fig. 5) are very similar to those
eported by [36] for high space velocities which are typical of
ndustrial reformers. In Table 7, the effect of pressure on pure
ydrogen flow rate and on the percentage recovered is shown Fig. 6. Effect of S/C ratio at fixed molar flow rate and space velocity.

able 7
olumetric H2 flow rates and recovered percentage for different pressure and inlet flow rates

(bar) 3 kmol/h 5 kmol/h 8 kmol/h

QH2 (Nm3/h) Hrec
2 /Hprod

2 (%) QH2 (Nm3/h) Hrec
2 /Hprod

2 (%) QH2 (Nm3/h) Hrec
2 /Hprod

2 (%)

0 67.8 44.8 67.74 37.7 48 20.7
5 87.6 57.5 90.6 51 91.6 43.5
0 101.1 65.6 105.5 59.4 110.6 53.1
5 111 71.1 116.5 65.2 123.7 59.5
9 117.3 74.4 123.5 68.7 131.87 63.3

able 8
ffect of S/C recovered at fixed methane inlet flow rate and fixed space velocity

CH4 = 5 kmol/h Space velocity = 2.45 kg/(h kgcat)

/C QH2 (Nm3/h) Hrec
2 /Hprod

2 (%) S/C QH2 (Nm3/h) Hrec
2 /Hprod

2 (%)

132.2 76.5 2 127.5 69.8
125 69.9 3 124.9 69.8
117.6 64.4 4 122.4 69.8
110.8 59.6 5 120 70
104.6 55.5 6 117.7 70.2
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t three different methane flow rates. Increasing pressures allow
higher rate of hydrogen to be recovered in permeation zone

nd thus higher volumetric flow rates of pure hydrogen to be
btained. On the basis of these results and of the negligible
ffect of P on XCH4 we can conclude that a high pressure has a
ositive effect on MR performance.

.3. Effect of steam to carbon ratio

The effect of steam to carbon ratio (S/C) has been studied by
wo different approaches:

1) methane inlet flow rate is fixed (5 kmol/h);
2) space velocity is kept constant (2.45 kg/(h kgcat)).

The results are shown in Fig. 6 and in Table 8.
The steam to carbon ratio has a positive effect on reforming

nd water gas shift reactions: the effect is more pronounced if the
pace velocity is fixed because of the unavoidable increase of
verall inlet flow rate and consequent reduction of residence
ime with steam to carbon ratio at fixed F in

CH4
. At the same

ime, increasing steam to carbon ratio reduces hydrogen par-
ial pressure in the reaction zone and, then, the pure H2 flow rate
ecovered (Table 8).

In conclusion, high S/C values allow a better performance to
e obtained in terms of reaction but a worse in terms of separa-
ion. Therefore, an intermediate value of S/C has to be set as a
uitable condition between these opposite effects, checking that
oke formation is prevented in the reaction zone.

. Conclusions

The two-dimensional model is an useful mean to simulate the
ehaviour of large-scale MR. In particular, it is able to explain
he improvement in integrating the Pd-based membrane into the
eformer in terms of two radial effects: promotion of reaction
ate by temperature near the hot wall and improvement by H2
emoval in the central zone where catalyst temperature is not
igh enough. The model highlights that methane conversion is
ar from unit at industrial operating conditions where high flow
ates have to be processed and, therefore, short residence times
re involved. Moreover, the moderate thermal level required
rom membrane thermal instability has a bad influence on steam
eforming reaction and Pd–Ag permeability. The main advan-
ages of membrane reactors in steam reforming processes are
ethane conversion larger than in TR due to hydrogen removal

uring reaction and the production of extra-pure H2. The uncon-
erted methane and unpermeated hydrogen kept in reaction gas
ould be burnt to satisfy part of the heat duty of the process
heat transferred to the reformer, steam production, etc.). Some
isadvantages of membrane reformer are the higher amount of
team requested by the process and the low pressure at which
ydrogen flows out and consequently the necessity of using a

ompressor to store it. In any case, a wider industrial use of mem-
rane reforming process depends on improvements in membrane
echnology, i.e. on the future availability of better materials in
erms of permeability, stability, cost and separation efficiency.

[

[

ing Journal 128 (2007) 115–125

oreover, MR performance depends on its geometric design as
ell as on heat flux profile along the reactor. An analysis of these

ffects has not been tackled in this work but it appears to be basic
or an optimal application of membrane reforming technology
nd it will be the subject for future research.
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